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Restoration of correctness and improvement of a model for film condensation inside
tubes
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This work is devoted to the experimental studies aimed at increasing the efficiency of horizontal tube condensers
by strictly accurate evaluation of heat transfer and regime parameters in various condensing refrigerants in the
horizontal tubes of such devices. The unique measurements of heat fluxes and heat transfer coefficients local by
circumference were carried out during condensation of Freon R-22 and steam which varies over a wide range of the
main regime parameters (G, x, g, Re)). The improved model of film condensation inside the horizontal tubes for prediction
of heat transfer with application of the results of numerical solutions of Bae et al. is suggested. In this model more precise
definition of the interphase friction coefficient as the main parameter crucial for condensation is given. This more precise
definition contains experimental substantiation of By — prediction for calculation of pressure losses by friction and
correction P4 that takes into account surface suction at the interphase. Heat exchange predicted by the improved method
was compared with the experimental data of various authors for 13 fluids (steam, R-22, R-123, R-134a, R-245fa, carbon
dioxide, propylene, propane, ether, isobutene, refrigerants FC-72, Novec®649, HFE-7000) in annular and intermediate
modes. Good agreement of the experiments with calculations (divergence within 25%) proves the correctness of the

proposed method for both laminar flow of condensate film and turbulent flow.
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INTRODUCTION

In modern air conditioning  systems,
refrigeration and heat pump plants, in the
technology of seawater evaporation and power
systems  heaters, the process of vapour
condensation is carried out mainly inside the
horizontal tubes and channels. Heat exchange
processes occurring in condensers of this type have
a significant effect on the overall energy efficiency
of these systems. The difference in temperature
between the condensing and the cooling fluids and
the loss of pressure of these fluids affects the rate
of entropy production in the condenser, and hence,
the exergy efficiency factor (EEF) of the apparatus.

Currently, the results obtained by the available
methods and models for calculating heat transfer for
condensation of two-phase flows in horizontal tubes
differ by 50-70%. This inaccuracy is due to the
presence of a large number of parameters that affect
the heat exchange, the wide range of changes in
these parameters and the lack of understanding of
their influence on the laws of heat exchange. For
example, geometrical sizes (length and diameter of
tubes), thermophysical properties (heat conductivity,
density, surface tension and other) of condensing
fluids and operating parameters (pressure, flow, heat
fluxes), vary 10-100 times in different heat
exchangers. Inaccurate estimation of heat transfer
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can lead to the unjustified change in the size of the
apparatus and pressure differences, which either
increase or decrease, resulting in an efficiency
decrease. Also, the lack of accuracy of heat transfer
calculation leads to the inaccurate evaluation of the
effectiveness of various methods of intensifying the
heat transfer process during condensation in
horizontal tubes.

In view of this, it is urgent to carry out new
studies on the influence of regime parameters of the
two-phase current on the regularities of local and
average heat transfer during the film condensation
of moving vapour in a horizontal tube. These
studies will open up a possibility of developing a
new method for calculating heat transfer during
condensation of various refrigerants in horizontal
tubes of heat exchangers. More precisely, the
estimation of heat exchange and regime parameters
will make it possible to increase the efficiency of
the work of horizontal tube condensers.

Literature review

Nusselt [1] described the basis of heat transfer
during laminar film condensation on a flat vertical
surface. The Nusselt theory is used in many studies
on condensation within vertical and horizontal
tubes. Dukler [2], Bae et al. [3] and Traviss et al.
[4] developed a model of film condensation inside
tubes for laminar and turbulent flow of condensate.

58 © 2018 Bulgarian Academy of Sciences, Union of Chemists in Bulgaria



V. G. Rifertet al.: Restoration of correctness and improvement of a model for film condensation inside tubes

The results of the theoretical solutions in [2-4] are
presented in the form of graphs Nu=f(B, Rei, Pr).
Rifert and Sereda [5,6] analyzed more than 20
theoretical methods and correlations for heat
transfer prediction during different modes of
condensate film flow. In [5,6] it is shown that all
theoretical solutions give results close to the theory
of Bae et al. [3], despite the use of different models
of turbulence. Rifert and Sereda [5,6]
recommended the method of Bae et al. [3] as the
most correct theoretical method for heat transfer
prediction in annular flow of the phases.

Different authors have proposed a large number
(over 60) of empirical dependencies for calculating
heat transfer when condensing in tubes. Reviews of
such dependences are given in many papers, in
particular in [6-10]. In [10] Rifert et al. compared
the most commonly used formulae of Thome et al.
[11] and Shah [12] with the formula of Ananiev et
al. [13]. As shown in [10], the model of Ananiev et
al. [13] is one of most successful relationships for a
generalization of experimental data on vapor
condensation inside horizontal and vertical tubes in
a wide range of G, x and refrigerant physical
properties.

In the experimental studies of condensation
inside the tubes, beginning with the work of Tepe
and Mueller [14] up to present time, the coefficients
of heat transfer are averaged over a certain length
of the tube. Providing in the experiments relatively
small changes in the vapour content Ax, the authors
assume that they measure local heat transfer
coefficients. This is true for a vertical tube, but not
always suitable for condensation inside a horizontal
one. In most of the experimental work there is no
comparison with theoretical calculations [1-4].
Comparison of experimental data of different
authors with different empirical dependencies was
carried out by Rifert et al. in [6,10]. The authors
[6,10] showed that over 60 empirical correlations
for heat transfer prediction reveal significant
discrepancies with experimental heat-transfer
coefficients. The best convergence with the
experiments of different authors have the
correlations by Thome et al. [11], Shah [12] and
Cavallini et al. [15]. In these correlations all
included complexes are selected by intuition,
without any  theoretical or  experimental
substantiation.

Experimental coefficients of heat transfer are
compared with the theory of film condensation only
in a small number of the considered works. In these
works, there is a large discrepancy between
experimental data and theory. The reasons for such

discrepancies are due to the incorrect determination
of the boundaries of the film flow regimes and the
inaccurate estimation of the tangential stress
(friction coefficient). In this regard, various authors
have proposed dozens of different models and
dependencies for calculating heat transfer during
condensation. In these cases, there is often no
justification for new dependencies, based on the
physical nature of the condensation process. Also,
there is a disagreement between different
dependencies with different experiments, and lack
of limits of the suggested methods application.

Based on the nature of the condensation process,
and new experimental data of the local heat transfer
coefficients, the methods for determining the
tangential stress on the vapour and film boundary
are substantiated. That made it possible to improve
the film condensation model and calculate the heat
transfer inside the tubes under the effect of vapour
velocity in the laminar and turbulent regime of the
condensate film flow.

Test facility

The detailed description of the experimental
apparatus and method of heat transfer investigation
during film condensation of moving vapour inside
horizontal tube can be found in Rifert’s previous
publication [16]. The apparatus included
evaporator, test section, condenser to condense
vapor downstream, inspection sections, pressure
and temperature gauges at the inlet and outlet of all
condensation sections, and condensate flow meters.
The test section (Fig. 1) consists of two defining
sections 1 and 2, two working sections 3 and 4, as
well as sites for visual observation 5, and is
designed to study the local coefficients of heat
transfer over the length and perimeter of the normal
cross-section of the horizontal tube during the
condensation of different refrigerants in the tubes
by the thick-walled method.

Defining sections 1 and 3 are intended to
change the vapour content in the working sections,
which allows modelling the process of
condensation in tubes of different lengths at
different massive vapour velocities. Both defining
sections are made in the form of a heat exchanger
"pipe in a pipe" with the length of | = 0.8 m. All
sections are located on the same axis and have the
same internal diameter of 17 mm.

The basis of working sections 2 and 4 shown in
Fig. 2 is a segment of thick-walled tube with
internal and external diameter of 17 and 80 mm
respectively. The material used for the sections is
brass brand LS-59. The section length is 96 mm.
On the outer perimeter, the sections are surrounded
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by a ring cavity, in which water is supplied for
cooling.

Changing the flow of cooling water allows
getting different values of heat flows in the work
areas. The condensation temperature at the input to

the first defining section was measured using a
thermocouple. The obtained value was controlled
by a thermocouple installed in the second working
section.
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Fig. 1. Schematic view of the tested section: 1, 2 — defining sections; 3, 4 — brass working sections; 5 — inspection
section; T — thermocouple
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Fig. 2. Drawing of the brass working section: 1...10 — channels for locating thermocouples

To determine the temperature distribution in the
wall of the work sections, chromel-collier
thermocouples were used, which were placed
inside the wall of the working sections at the
diameters di = 23 mm i d> = 74 mm in the axial
channels with angular coordinates ¢ of 0, 45, 90,
135, 180 ° (Fig. 2).

The greater part of the experiments was carried
out at local temperature differences in the wall and
between the wall and the vapour above 8 °C and 4
°C, respectively. In this case, the temperature
gradient in the wall in axial direction was much
lower than that in adial direction. Such results
indicate that the two-dimensionality does not affect
the temperature distribution in the wall of the
working sections. To calculate the local values of
the coefficients of heat transfer a, local linear heat
fluxes qi, specific heat fluxes, assigned to the inner
surface of the tube q,, and the temperature on the
inner wall of the tube t, were determined based on
the dependencies:
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where A, — coefficient of thermal conductivity of
the working section; i, j - numbers of

thermocouples on the diameters d; and d.
respectively (Fig. 2).

Average by the perimeter, but local by length of
the tube, the values of thermal flows q, and heat

transfer coefficients a_q) were determined by the
formulae:

aw =Tq¢d¢, a, :_Ta(pd@
0 0

The basic parameters of the two-phase current
in all sections of the experimental area and in the
condenser were determined by solving the
equations of the material and thermal balance
recorded for each section in which steam
condensation took place, as well as for the
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capacitor. The range of change of these parameters

is shown in table 1.

Table 1. Main operating conditions during condensation tests.

Fluid ts, °C G, kg/(m?-s) Local vapor quality x AT, °C q, KW/m?
Steam 100 9-54 0.98-0.4 8-22 40-320
R-22 40 11-300 0.24-0.99 4-10 5-50

To prove the accuracy of measuring the local o,
the study was carried out for turbulent fluid flow
inside a smooth tube provided that hydrodynamic
and thermal stabilization were carried out in the
adjacent layer. Under these conditions, the
temperature of the walls of the working sections,
the temperature fluctuations and local heat fluxes
almost did not change along the perimeter of the
tube, as it should be in the case of fluid flow
through a complete section inside the tube.

The control and measuring equipment and the
applied method of conducting experiments allowed
determining the coefficients of heat transfer with a
mean square error of = 8%. The maximum
imbalance of the material and thermal balance of
the experimental setup for all conducted studies
was 3 and 7%, respectively.

17

Fig. 3. Dimensionless local heat transfer coefficients
from Bae et al. [3] at Pr=1.

As Rey increases the heat transfer (Nu) decreases
at the beginning and then depending on Pr; value a
wide (at low Pr; numbers) or a narrow (at high Pr;
numbers) region of independence upon Re; followed
by increasing Nu is observed. In the region close to
laminar flow of condensate film (Re; < 100+200)
the effect of Pr is negligible and in some regimes
(Re< 100 and g > 50+100) is generally absent. It is
true for a laminar flow. At turbulent condensate
flow in accordance with the theory the heat transfer
intensifies, as Pr; grows.

Substantiation of the choice of theoretical
dependencies

For annular phase flow by Bae et al. [3] the,
results of the calculations are represented in
dimensionless terms as:

1)

Nu, = f (83, Re,, Pr,),

where  Nu, :a(vf/g)m/&, p=C,Fr/2 and
Re, =4Re, are given in [3].

These correlations are plotted in [3] for numbers
Pr; from 1 to 5. In Figs. 3 and 4 such diagrams are
plotted for Pr, = 1 and Pr; = 5, respectively. The
analysis of correlation (1) makes it possible to note
the following features of heat exchange that could
be laid down in the improved calculation method.
In the region of low values of Re, heat transfer
decreases with increasing Rej;, while the degree of

and Re; impact corresponds to Nusselt’s theory of
laminar film condensation [1].
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Fig. 4. Dimensionless local heat transfer coefficients
from Bae et al. [3] at Pr=5.

The results of calculations by the formula (1)
correctly reflect the nature of the condensation flow
of the moving vapour inside tubes and channels,
only when the influence of gravity on the film of
condensation can be neglected. For horizontal
tubes, these conditions correspond only to the
annular mode of phase flow.

The conducted experimental studies showed that
even minor asymmetry of the condensate flow in
the upper part of the tube leads to a change in the
wave and turbulent characteristics of the film and
affects the distribution of local heat transfer
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coefficients, therefore the accuracy of the obtained
results depends on the correct evaluation of the area
with the annular mode of phase flow. The method
of Rifert et al. [17] was used to determine the
boundary conditions and the boundary value of the
correlation of friction forces z and the gravitational
forces = based on the obtained experimental data
was corrected. The following criteria for
determining the limits of flow regimes were
obtained:

at 7 /z,>10 —annular flow; (2
at 1<z, /z, <10 — intermediate flow; (3)
at 7, [z, <1 —stratified flow, 4)

where 7, =C, p,W. /2; 7, = p,g5.

The value of the film thickness & was calculated
by the equation:

5" =0V, (Tf /,0| )0.5’ ()

where the dimensionless thickness of the film
6" depends on the value of Re; number:

Re, <50, &' =0, 7071Re,°’5; ©6)

5000

< Fluid: R22

0 1000 2000 3000 4000 5000
Olexp, Wl(mz- K)
a) Fluid: R22

50 <Re, <1125, & =0,4818Re;"** . )
Re, >1125, &' =0,095Re’*" ®)

To compare the experimental values of the mean
by the ¢ coefficients of heat transfer obtained in
this paper on the basis of the theory of Bae et al.
[3], sample points were selected which correspond
only to the annular or intermediate phase flow
modes according to (2)-(4).

The value of the theoretical number Nu, was
calculated on the basis of the interpolation of the
graphs Nu = f (3, Re,, Pr;) from the works [3]
(in this work, spline interpolation was used by the
values of Rej, Prii B, in the Mathcad package). The
parameter P, was determined by the following
formula for the single-phase flow:

;Bo = C_/o FI’[/Z , 9)
where C, =0,079/Re’* at Re, <10°;
C, =0,046/Re’? at Re, >10°.

The results of this comparison are presented in
Fig. 5.
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Fig. 5. Calculated vs. experimental heat transfer coefficients: predictions by Bae et al. [3] theoretical model.

Table 2. Statistical comparison of Bae et al. [3] theoretical model with experimental data (in %)

R22

Steam

Statistical comparison

G=300+119 kg/(m?)
x=0.99+0.56; ¢=50+5 kW/m?

G=54+9 kg/(m?s)
x=0.98+0.4; g=320+40 kW/m?

e4 13.9
€Rr -11.3
ON 12.2
Percentage of predicted points
lying within £25% error bars 77

38.5
-37.6
14.2

18

The statistical comparison of the theoretical
model of Bae et al. [3] with the experimental data
is summarized in Table 2 which presents the mean
absolute deviation ea, the average deviation eg, and
the standard deviation, on, given in Egs. (10)—(12),
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respectively, along with the percentage of predicted
points lying within +£20% error bars.

€A :]‘/nzloo‘(acalc - aexp )/aexp ' (10)
e, =1/n Zloo[(aca,c ~a,,) /aexp] . (1)
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o\ = [J/(n —l)Z(e—eR)ZT'S. (12)

where e =100[ (@, — @y ) /@y | N — NUMber of

calculation points.

Figure 5 and table 2 show that the greatest
discrepancy is observed for the case of steam
condensation. For freon R22, part of the data at
Re~2300+970 exactly matches the theory.

Such a deviation of the experimental data from
theoretical calculations can be explained as follows.
The calculations by the theory of film condensation
essentially depend on the method of determining
the loss of pressure on friction, and, accordingly,
the friction coefficient Cs, which is included in the
dependence (1) for the calculation of heat transfer.
As noted in [6,18], none of the available scientific
works have a sufficiently precise idea of the nature
of the effect of friction force condensation on the
boundary  between phase separation. The
determination of the friction coefficient C; for a
single-phase flow by the formula (9) is valid only if
the value of the Lokart-Martinelli Xy parameter is
approximately zero. In this case, as follows from
the numerous calculated dependences of works
[19,20], the friction coefficients in single-phase and
two-phase streams will be the same. However, in
annular and intermediate flow modes, the value of
the parameter Xy can reach nonzero values. In
particular, in this paper, when performing
experimental studies, the value of the parameter X
varies from 0.005 to 0.24. As the experiments have
shown, with these values of Xy, the two-phase flow
begins to affect the friction coefficient Cs, which
leads to the increase in the parameter B, and local
and medium heat transfer coefficients, respectively.
In addition, as a result of experimental studies of
local heat transfer coefficients, the growth of o,
with the increase in the heat flux was noted, which
is not taken into account in formula (1) and other
well-known  methods for calculating film
condensation [11,12,15].

Therefore, in order to improve the coordination
of the theory [3] with the experimental data
obtained, in this paper it is proposed to take into
account the influence of the heat flux and the
parameters of the two-phase flow on the parameter
B, which characterizes the effect of the interfacial
friction force tr on the heat transfer.

Investigating the influence of the two-phase flow
parameters on average heat transfer

The two-phase flow is characterized by such basic
parameters as the mass velocity of the vapour G, the
vapour content x, the vapour density py, and the

density of the liquid pi. In this paper, the influence of
these parameters on heat transfer is recommended to

be taken into account by the parameter /3, :

ﬁv = ®3ﬂ0 (13)
where ®? - correction complex for taking into

account the influence of the two-phase flow.
The dependence for the calculation of @2 was

selected, based on the analysis of experimental data
on average heat transfer obtained when condensing
refrigerant R22 to the annular and intermediate
regimes. In these studies, the input mass speed of
the couple ranged from 119 to 305 kg/(m?s), and of
vapour content — 0.99 to 0.56. All experiments

were performed for the same @ but for variable G
and x. This procedure allows examining the
specific impact on heat transfer of vapour velocity
and vapour content at constant value or small
changes of other characteristics.

To calculate the parameter ®2 four known
formulae were used, which are presented in the
works [21-24]:

from [21]: ®2 =1+9,4X % +0,564X2*; (14)

from [22]:
0,75 2
o =l1+05— S 05} xo=l ;  (15)
9dp, (A -p)"
from [23]: @] =(1+2,85X;* )2; (16)
from [24]: ®2 =1+CX, + X}, 17)

where
C= 21{1_e(1—0,28800‘5)}{1_ Olge—o,ozpr‘ts }Y n=1-0,7e %

_9(p-p) g Gx
- -

o Jodp, (o -p)

The results of calculating parameter ®> from

the experimental data using the formulae (14)-(17)
are shown in Fig. 6. It shows that the value of the
®2 complex significantly changes depending on
the formula for its calculation and it is impossible
to choose the best among them. Therefore, the
experimental values of the mean values by ¢ heat
transfer coefficients with the theoretical calculation
(1) are compared. The number Nu is determined by
the values Re;, Pr; and Bv. The coefficient By is
calculated by the formula (13) using the
dependences (14)-(17) to determine the complex
®’. The results of the comparison are shown in

Fig. 7.

Bo
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Fig. 6. Variation of ®? with x: 1 - @2

calculated by equation (14); 2 — by (15); 3 — by (16);
4 — by (17).

As it can be seen from Fig. 7, using the formulae
(14) and (15), with the increase of parameter o2 the

values of heat transfer coefficients are overestimated
by 50%. The calculation of o2 by the formula (16)

practically does not affect heat transfer. The best
correlation between the experiment and the
calculation is provided by the formula (17), which
permits to summarize all data with an accuracy of +
20%. Therefore, the dependence (17) is

recommended to be used for determining the S,

coefficient by (13).

Consequently, the effect of the two-phase
condensation current on the heat transfer is
recommended to be taken into account by the

correction of 3, by the formula (13), which makes

it possible to use the theory (1) to calculate the heat
transfer in the case of condensation of freon R22 not
only for the annular, but also for the intermediate
phase flow with sufficient accuracy (+ 20 %).

Investigating the influence of heat flux on the
average heat transfer

The effect of the heat flux on the hydraulic
resistance and heat exchange in two-phase flows
under phase transformations is theoretically
justified in [25,Error! Reference source not
found.] and is explained by the phenomenon of
suction of the condensate mass into vapour in the
adjacent layer. In [25] it is shown that at a relative

rate of suction j=0q/rGx>10", the hydraulic

resistance of the friction coefficient C¢ at the
boundary of the phase separation increases in
comparison with the resistance of the single-phase
flow (Cg) and is described by the formula:

C,/Cy =1+17,5Re)” j. (18)
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Fig. 7. Comparison of the experimental data for R22
condensation with calculations by (1): 1 — ®? calculated

by equation (14); 2 — by (15); 3 — by (16); 4 — by (17).

In [Error! Reference source not

found.] the dependence for the definition of Ct
has the following form:

C,/C, =(1-0.250)° /(1+0.25b)™,  (19)
where b=-2q/rGxC,, .

In this case, there is a limitation of the use of the
formula (19) with b less than minus 4, when the
phenomenon of suction of the condensate mass
does not affect the C¢/Cy, ratio.

The authors of [27] suggested much earlier than
in [25,Error! Reference source not found.] the
dependence for taking into account the influence of
the heat flux on the Ci/Cy, ratio:

C, /Cy, =b/(e"-1). (20)
In this paper, the effect of the heat flux on heat

transfer is proposed to be taken into account by the
correction f;:

By =P.p,, (21)
where @, =C, /C,, — correction factor to take

into account the influence of heat flux.
The formula for determining the C,/C,, value

was selected by analyzing the experimental data
obtained for the case of steam condensation by the
following parameters: t=102 °C, G=54+9
kg/(m?s), x=0,4+0,98, q=320+40 kWt/m? which
correspond to the annular and intermediate phase
flow modes. All experiments were performed for

the same G and x, but for variable @ This allowed

to show the special effect of the heat flux on the
heat transfer at a constant value or at a slight
change in the other characteristics.

The results of the calculation of the o

parameter are shown in Fig. 8. It is seen that
calculations by formulae (18)-(20) provide values
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very close among themselves (difference within +
10%), and to calculate the coefficient 3, for (21)

one can use any of the formulae. In this work, the
dependence (18) with the limitation of the suction
effect on the boundary values of parameter b is
used less than minus 4.

The analysis of the obtained experimental data
showed that the effect of the heat flux on the heat
transfer should be taken into account with g

correction by the formula (21). This makes it
possible to use the theory (1) to calculate the heat
transfer in the case of steam condensation not only
for the annular, but also for intermediate phase

flow with adequate accuracy (+ 25%).
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4,0 8
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4]

g2 @EQ@

Pq

2,0

o e

0,0
0 50 100 150 200 250 300 350

qever, kW/m?
Fig. 8. Variation of ®, with average by ¢ heat flux:

1- D, calculated by equation (18); 2 — by (19); 3 — by
(20).

Comparing the proposed method with the
obtained experimental data

The practical application of the developed
method for calculating heat transfer under various
condensation parameters is complicated by the
necessity of the solution of the dependence (1)
given in an implicit form. Solving the equation (1)
is possible in two ways. Graphically, using the
interpolation of graphs in Figs. 3 and 4, or
numerically. However, the numerical solution (1),

presented in [3,4] has a very cumbersome and
uncomfortable look for permanent use. Therefore,
the proposed method for calculating heat transfer
in this paper is presented in the form of a special
program, which is developed in the package
Mathcad. With the help of information technology
of "cloud" functions, the principle of which is
described in detail in [28], the developed program
is available on the Internet by link:
http://twt.mpei.ac.ru/MCS/
Worksheets/Thermal/Heat-transfer-during-

condensation-in-smooth-horizontal-tubes.xmcd and
is available for all users.

The work of this program is based on the
following algorithm:

1. Using the values of the Froude numbers Fr,
and the friction coefficient for the single-phase
flow Cp, the parameter B, is determined by the
formula (9).

2. The values of correction complexes ®’ and
®,, are calculated from the relations (13) and (21),

respectively.
3. The parameter A, which takes into account

the influence of both the two-phase current and the
heat flux on the frictional force tf is determined by
the formula:

ﬂqv :ﬁoq)iq)q ' (22)

4. The values of the dimensionless Nu number
are calculated on the basis of the interpolation of
the graphs given in Figs. 3 and 4. To do this, the
Mathcad package uses spline interpolation with
values Rey, Priand Bgv.

5. The values of heat transfer coefficient are

based on the formula a = Nu, 4, (v,z/g)_]/3 :

Table 3 shows a part of the experimental data by
average heat transfer coefficients obtained for three
different cases. The first is with the complex

d)ﬁ ~1,0, and ®;>1.6. The second, on the contrary,

is ®¢<1.2 and ®>>1,6. And the third case, when

the value of both complexes is more than 1.6.
Theoretical values of Nusselt numbers Nu,, Nuy
and Nuyq, are obtained using the developed program
by the following parameters: for Nu,: Re;, Pr; and
Bo; for Nuy: Rey, Pr; and By; for Nuy: Re), Pri and

Bov. It can be seen that under the values @, <<®?

it is possible not to take into account the influence
of heat flux on the heat transfer and, accordingly,

not to take into account the effect ofCI)ﬁ , when @ a

>>®2 . Considering these two amendments makes

it possible to obtain a fairly accurate (up to + 25%)
reconciliation of calculation and experimental data.

The comparison of all experimental data
obtained with the proposed method for the annular
and intermediate flow regimes is shown in Fig. 9.
The statistical comparison of the suggested method
with the experimental data is summarized in Table
4.

65



V. G. Rifertet al.: Restoration of correctness and improvement of a model for film condensation inside tubes

Table 3. Comparison of the experimental data for R22 and steam condensation with theoretical calculations

> q-10°W /m’] <o | Fr-107 | Lo | &0 Dy
o i 2 _ - .
Ne | Fluid | [kg/(m?s)] 210 °IW / (2K)] NUexp Rer | Ci,-10° | Nu, | Nu, | Nu,,
X
36 180 26 |1.02| 1.6
1 | Steam 0.975 42 1.26 10 59 5.25 099 | 10 | 13
26 190 15 11.02 182
2 | Steam 097 33 0.99 5.08 57 5.72 074 | 075 | 1.06
192 ) 7 1185|1.04
3 | R22 0.9 2,81 0.43 3.57 2287 391 038 | 0.43 | 0.42
232 182 8 | 21| 12
4| Rz 0.86 3.35 0.5 433 141341 335 0.4 | 0.47]0.49
139 37.3 2 | 24| 18
5 | R22 067 289 0.44 111 |5512| 4.39 035 | 039 | 0.44
36 275 8 182|257
6 | Steam 048 192 0.57 2.4 1209 | 6.28 034 | 041 | 055
6000 50000
+25% +25%, A A
5000 . 40000 :
© Fluid: R22 Ry uid: steam
= 2000 g oo,,-'o& ) i.-‘. A Fluid: st . ﬂ .
t 06 © s L 30000 ey
= P Bo . B PN
_;?:‘ 3000 oﬁ% o0 3 2000 - %fa a
§2ooo : el 3 Aftzﬁ
g 10000
1000 i
o L
0 = 0 10000 20000 30000 40000 50000

1000 2000 3000 4000 5000 6000
Olexp., W/(ml-K)

a) Fluid: R22

otexp., W/(mZK)
b) Fluid: steam

Fig. 9. Calculated vs. experimental heat transfer coefficients: predictions by the improved model

Table 4. Statistical comparison of the suggested method with experimental data (in %)

Statistical comparison

R22

Steam

G=300+119 kg/(m?s);
x=0.99+0.56; g=50+5 kW/m?

G=54+9 kg/(m?s);
x=0.98+0.4; g=320+40 kW/m?

€y 12.1
€Rr 1.1
ON 15
Percentage of predicted points
lying with in £25% error bars 92

17.1
-10.9
14.4

95

It can be seen from Fig. 9 and Table 4 that the
calculation for complexes ®? and ®, to determine

the correction g by the formula (22) greatly

improves the reconciliation of experimental data
with the proposed method.

Comparing the proposed method for calculating
heat transfer with other methods on the basis of
experimental data of various authors
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In order to confirm the accuracy of the
developed method, its verification was performed
with experimental data from the works of the
following scientists: concerning the condensation
of steam — Boyko [Error! Reference source
not found.]; freons R-22, R-123 and R-134a — Yu
et al. [30]; carbon dioxide —Kim and Jang [31];
propylene, propane, ether and isobutane — Park et
al. [32]; refrigerant FC-72 —Lee et al. [33] and
refrigerants R-245fa, Novec®649, HFE-7000 —
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Ghim and Lee [34]. The results are shown in Figs. generalizes all experimental data in the annular and
10-15, which make it evident that the developed intermediate modes of phase flow.
method of calculation with an accuracy of + 25%

80000 — 6000
+20% |- g . ’
70000 A soo0 | AFluids: R-22, b
[ R123, R-134a A
60000 © Fluid: steam 7 — ‘
= - 7 -20% = 4000 y Ve :
¥ 50000 O | x “An B
E 1 3 A%p x| B
X 40000 < 3000 | ‘ m‘}hléﬁa -
2 s ol ®
L 30000 5 .
] s 2000 A %M
3 7 .
20000 g &
1000
10000
o L 5 L
0 10000 20000 30000 40000 50000 60000 70000 80000 0 1000 2000 3000 4000 5000 6000

QOexp., W/(mz-K)
Fig. 11. Application of the improved model to Yu
et al. [30] data.

atexp., W/(m2-K)
Fig. 10. Application of the improved model to Boyko
[Error! Reference source not found.] data.

25000 I I 12000 T T
O Fluid: carbon dioxide "25%’,,'"" O Fluids: isobutane, +20%
20000 ’ 10000 |~  ether, propane,
e propylene )
= -25% " ¥ g000 {
x <o o © <] -20%
& 1000 —~B £ Pale;
= a > 6000 T
5 | 3 N
5 10000 g g v
g g 000
O
=} . .
5000 o 2000 (/(
0
0 0 2000 4000 6000 8000 10000 12000
0 5000 10000 15000 20000 25000

aexp., W/(m2K)
Fig. 13. Application of the improved model to
Park et al. [32] data.

aexp., W/(m2K)
Fig. 12. Application of the improved model to Kim and
Jang [31] data.

10000 - - 10000 ‘
+25% A +25%
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8000 , < 8000 | R245fa, _
< © Fluid: FC-72 e w20k 3 Novec®649, 259
1;_ 6000 -00 s E 6000 | HFE-7000
E o "o : ~ A P

0 2 < akn B
§ 'o<%‘<><><>° ‘ g 4000
2000 &g&& 2000
0 = 0
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aexp., W/(m?K) o W/(m?K)
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Fig. 14. Application of the improved model to Lee et al. Fig. 15. Application of the improved model to Ghim

[33] data.
CONCLUSIONS

As a result of the theoretical studies and the
analysis of experimental values averaged by the
perimeter of the tube of the heat transfer
coefficients during the condensation of freon R22
and steam within the horizontal tube, we can
formulate the following conclusions:
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and Lee [34] data.

1. The application of the theory of film
condensation [3] was proven to be correct when
calculating the heat transfer during condensation in
a horizontal tube for the annular phase flow regime.
The necessity of more accurate estimation of
influence, both of two-phase condensation current,
and of heat flux on the laws of heat exchange is
shown.
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2. The influence of the two-phase condensation
current on the heat transfer is recommended to be
taken into account with the parameter g =a?g, . It

is experimentally proven that the formula (17) for
calculating the complex @? is correct.

3. The effect of heat flux on the heat transfer is
expedient to be estimated by correction S, =®,f,

. In this case, the application of formula (18) is
used experimentally to calculate the parameter @, .

4. The use of complexes 5 and g for the

calculation of heat exchange by the theory of film
condensation (1) allows to generalize with
adequate accuracy (error + 25%) both the

experimental data obtained and the experimental
data of other authors for the annular and
intermediate modes of phase flow in a wide range
of changes in regime parameters. Such calculation
accuracy is not achievable for other, most
commonly used methods [11,12,15].

5. The developed method for calculating heat
transfer is presented as a program in the package
Mathcad. With the help of information technology
of "cloud" functions, this program is available on
the Internet by the link: http://twt.mpei.ac.ru/MCS/
Worksheets/Thermal/Heat-transfer-during-
condensation-in-smoth-horizontal-tubes.xmcd and
is available to all users.

Nomenclature

Bo —Bond number (=gd*(p, —p,)/ o)

C:  —friction coefficient
d  —inner diameter of tube, [m]

2 (o —p )W,

2/3
/7|2 (V| g) !
G  —mass velocity, [kgm?s?]
g - gravitational acceleration, [ms?]
| — length of the tube, [m]

Fri —liquid Froude number (=

)

vi

2\¥3
Nus — film Nusselt number,(:Z(j )
g

Pr  — Prandtl number

q - heat flux, [W-m?]

r  —heat of vaporization, [J-kg?]

Rer — film Reynolds number (=ql /(rz))

Re; - liquid Reynolds number (=G (1-x)d / z4)
Rey —vapor Reynolds number (=Gxd / 4, )

t — temperature, [°C]
w  —velocity, [ms?]
X —vapor quality

Xit  — Martinelli parameter
(=(a/u)" (P2 [A=%)1x]")
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BB3CTAHOBSABAHE HA KOPEKTHOCTTA U IIOAOBPABAHE HA MOJIEJIA 3A
OUJIMOBA KOHAEH3ALIMA B TPbbU

B. I. Pugept?, B. B. Cepena?, B.B . l'opun?, I1. A. Bapa6am!, A. C. Conomaxa’

! lenapmamenm no meopemuyno u uHOyCmpuaniio monauHHo unicenepcmeo, Kueecku nonumexuudecku uHcmunym
,,Meop Cuxopcku”, Kues, Yxpauna
2 Hayuonanen ynusepcumem no 600H0 CHMORAHCME0 U NPUPOOHO undicenepcmso, Pusne, Ypaiina

[ocrpruna va 20 mapt, 2018 r.; Kopurupana Ha 26 romu, 2018 .
(Pe3tome)

B cratusra ca pasriielaHd SKCICPHUMEHTAJIHUTE W3CIACIBAHUS, LN YBEIMYaBaHEe Ha C(PEKTHBHOCTTA Ha
XOPHU30HTAJIHN TPHOHH KOHICH3aTOPH Ype3 MHOTO TOYHA OICHKA HA TOIUIONPEHOCAa M PEKUMHHUTE MapaMeTpH MPH
KOHJICH3MPAaHE Ha Pa3JIMYHU OXJIAJWUTCIIH B XOPU3OHTAIHUTE TPHOM HA YCTpOWCTBATa. YHHKATHHTE M3MEPBAHHS Ha
TOIUTUHHHTE TIOTOIU ¥ KOS(UIIMEHTUTE Ha TOIUIONPEHOC ca MPOBEJCHH MpH KoHAeH3aus Ha Freon R-22 u BogHa mapa
B IIMPOK MHTEPBAJ Ha pexkumuunTe napametpu (G, x, ¢, Rej). [Ipeanoxen e mompodpeH Moen Ha (UIMOBA KOHICH3AIINS
B XOPH30HTAJIHUTE TPHOU 32 Mpe/ICKa3BaHEe Ha TOILIOMPEHOCA C M3IOJI3BaHE Ha PE3yATATUTE OT HU(PPOBUTE PEIICHUS HA
Bae et al. B to3u mozen e aebuHHpaH MO-TOYHO MEXKIY(Pa3HUAT PPUKIHOHEH KOS(DUIIMEHT KaTO OCHOBEH MapaMeThp,
orpezessi KoHaen3anusra. [lo-rounara neMHUNNS BKIIOYBA eKCIIEPUMEHTAIHA 000OCHOBKA HA MPE/ICKa3BaHETO Ha fq 32
W3YMCIsIBAaHE Ha 3aryOMTe B HAJATAHETO OT TPUEHETO M KOPEKIHMATAa Ha g, KOSATO B3eMa IpeJX BHA HOBBPXHOCTHOTO
3acCMyKBaHe B M AMHHATA (Pasza. Torioo0MEeHbT, MPEACKa3aH OT MOJOOPSHUS METO/I, € CPABHEH C EKCICPUMEHTAITHUTE
JaHHA Ha pas3iM4Hd aBTopW 3a 13 Teunoctw (BoxHa mapa, R-22, R-123, R-134a, R-245fa, BwriepomeH auokcu,
NPOINHUIIEH, MPONaH, eTep, u300yreH, oxmazurenn FC-72, Novec®649, HFE-7000) B NpbCTEHOBUIHM U MEXIMHHH
pexumu. JIoOpOTO CHBIIAJEHHE MEKIY E€KCIEPUMEHTHTE M WM3YMCleHusTa (pasnuyue B pamkure Ha 25%) nokas3sa
KOPEKTHOCTTA Ha MPEIJIOKEHHS METO/I [IPY JIAMUHAPHH U TYPOYJICHTHHU IMOTOIX Ha KOHACH3ATHUS (DHIIM.
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